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I. INTRODUCTION
The rate of mass transfer between particles and fluid in packed-bed contactors in often predicted with the help of a generalized, dimensionless correlation Sh = function (Re, Sc, Geometry!.
(11 Several correlations have been published, e.g. by Wakao and Funazkri (1978) and Gnielinski (1978j. Most of these were based on mass transfer measurements performed at high Peclet numbers (Pe > 200), and are modified versions of the well-known Ranz-Marshall equation, that was derived for a single sphere in an infinite medium. Though these correlations are accurate at high Peclet numbers, at low *Corresponding aulhor. Tel.: 0031 534894338: filx: 0031534894774.
Peclet numbers (Pe < 100) Sherwood numbers have been measured that are less than predicted. See Fig. 1 . in which the results of several studies are presented. Sorcnscn and Stewart (1974) examined mass transfer in packed beds on a fundamental basis. They demonstrated that, at low Reynolds numbers IRe < 10), the rate of mass transfer is only a function of the Peclet number. They also showed that the minimum value of the Sherwood number, which is reached at Pe = O, amounts to 3.89 in the case of ideally packed spherical particles. A similar result was obtained by Gunn (1978) . Up to now, this result could not bc confirmed experimentally, not even when applying shallot beds to minimize experimental inaccuracies, that are inevitable due to two complications that appear when operating at low Peeler numbers: (i) the number of mass transfer units becomes quite large, making it difficult to determine the driving force for mass transfer in an accurate way, and (ii) the • Fedkiw and Newman (1982) o Hsiung and Thodos (1977) 13 Hobson and Thodos (1951) O Satterfield and Resnick (1954) • Hsiung and Thodos (1977) • Bar-Ilan and Resnick (1957) •
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Fig. 1. Experimental Sherwood numbers from literature. Black symbols: undiluted bed--liquid; White symbols; undiluted bed--gas; Gray symbols: diluted bed--gas (Bar-llan and Resnick, 1957; Hsiung and Thodos, 1977) and diluted bed--liquid (Wilson and Geankoplis, 1966) .
contribution of free convection to total mass transfer may become significant. In order to overcome the first complication some researchers applied diluted beds in which only a part of the particles is active in the mass transfer process, e.g. Bar-llan and Resnick (1957) , Wilson and Geankoplis (1966) and Hsiung and Thodos (1977) . By doing so they could lower the concentration in the effluent and calculate the driving force for mass transfer more precisely. Nevertheless, their results are still not in accordance with expectations on basis of theory, as is illustrated by Fig. 1 . The correlation proposed by Gnielinski is assumed to describe the actual Sherwood number satisfactorily for the whole Peclet range, since it predicts a limiting Sherwood number of 3.8 at zero flow, which is in agreement with the theoretical findings of Sorensen and Stewart (1974) , while at higher Peclet numbers this correlation has also proven to be accurate. In this paper, we will demonstrate that the discrepancy between measured and predicted Sherwood numbers, which is observed at low Peclet numbers, is caused by wrong calculation of the (local) driving force for mass transfer. We will do so both for undiluted beds, in which all particles are active, and for diluted beds, in which only part of the particles in active. However, emphasis will be on diluted beds. It will be shown that such beds need a completely different approach than undiluted beds, and that the results obtained with diluted beds are of no value to those interested in mass transfer phenomena in undiluted beds, at low Peclet numbers.
RE-EVALUATION OF EXPERIMENTAL DATA
Most Sherwood numbers, that were reported in literature, where calculated while assuming plug flow behavior of the fluid flowing through the bed, i.e. while neglecting the effects of axial dispersion and wall channeling. This may not always be justified, especially not at small Peclet numbers. For example, in the case of shallow beds, axial dispersion may have a significant negative effect on the average driving force for mass transfer, causing an apparent drop in Sherwood number as was illustrated by Wakao and Funazkri (1978) . In the case of small diameter beds, wall channeling may result in overestimation of the average driving force in the bed, also resulting in an apparent drop in Sherwood number (Martin, 1978) .
As most reported data were obtained from measurements that were carried out with shallow beds with a small diameter, it makes sense to re-evaluate these data while correcting for the influences of axial dispersion and wall channeling. We did so with the help of the model developed by Martin (1978) , which was expanded in the following ways:
Mass transfer is assumed also to occur in the wall zone. The mass transfer coefficients in the wall zone and in the center part of the bed are assumed to be equal. The fluid concentrations in the effluents from both zones are calculated on the basis of the axially dispersed plug-flow model, in a similar way as was done by Wakao and Funazkri (1978) . The gas dispersion coefficient is calculated with a correlation proposed by Gunn (1987) , whereas the liquid dispersion coefficient was calculated using a correlation of Chung and Wen (1968) . These correlations have been proven to be accurate also at low Peclet numbers.
The results of the re-evaluation are shown in Fig. 2 Wilson and Geankoplis (1966) Gnielin ski Sc=1000 (liquid) ....... Gnielinski Sc=2.5 (gas) Fig. 2 . Re-evaluated Sherwood numbers. Black symbols: undiluted bed--liquid: White symbols: undiluted bed--gas, Gray symbols: diluted bed gas iBar- Ilan and Resnick, 1957; Hsiung and Thodos, 1977) and diluted bed liquid (Wilson and Geankoplis. 19661. theory. Apparently, the drop in Sherwood number. that is observed in undiluted beds at decreasing Peclet number, is caused by wrong interpretation of the experimental results, i.e. by unjustified neglection of axial dispersion and/or wall channeling. Re-evaluation hardly has an effect on the data obtained with diluted beds. We therefore conclude that, in the case of diluted beds, other phenomena than axial dispersion or wall channeling cause the drop in Sherwood number which is observed at decreasing Peclet number. Below, we will try to identify these phenomena. We start with a study of a single active particle surrounded by inactive particles only. Then, we will examine beds containing multiple active particles. Ranz and Marshall (1952) examined mass transfer around a single sphere located in an infinite medium, in which no other particles are present. They showed in a simple way that the minimum value of the Sherwood number (at Pe = 0) amounts to 2. In the case that the sphere is located in an infinite bed of inactive particles the value of the minimum Sherwood number is by definition obtained by multiplying this value of 2 with the porosity ~: of the bed and by dividing it by the tortuosity r of the bed:
DILl?TED BEDS: A SINGLE ACTIVE PARTICI,E

Them'etical
(2) T The tortuosity of a randomly packed bed can be calculated according to (Puncochar and Drahos, 1993) :
yielding, Sh,,~, = 2t: 1 s. This is in agreement with the results obtained by Miyauchi (1971) . The minimal value thus amounts to about 0.5 which is lower than the minimal value predicted for undiluted beds, in which the concentration profile around a particle does not rcach beyond the neighboring particles.
Experimental
Solid-gas mass transfer coefficients of a single active sphere in an inactive bed have been determined by measuring the evaporation rate of a camphor sphere with a purity 96% and a diameter of 1 cm in a nitrogen gas stream. A camphor sphere was weighed before the experiment and subsequently placed inside the center of a regularly packed bed of I cm diameter glass spheres, having a diameter of 10.5cm and a height of 12cm [ Fig. 3(a) ]. Before entering the packed bed, the nitrogen gas was led through a distributor with a height of 6 cm, consisting of glass beads of 1 mm, in order to ensure an evenly distributed gas flow. After a certain time of operation, during which the gas flow was directed either upflow or downflow through the bed, the camphor sphere was weighed again. From the change in mass the mass transfer coefficient was calculated:
t~.~xd2(C, -Cb)M"
In a first experiment a camphor sphere was weighed, placed inside the packed bed and after a while, not applying a nitrogen gas stream, taken out of the bed Sin~l-~-- and weighed again. It appeared that the reduction of mass during this experiment could be neglected compared to the reduction observed after a normal experiment of several hours. During all experiments thc decrease in particle diameter was negligible whereas the increase of the camphor concentration in the nitrogen stream was small. Therefore, the bulk concentration, Cb, could be considered equal to zero. The saturation concentration, Cs, was determined from the ideal gas law and the camphor vapor pressure,
Prep, that was calculated for the applied temperature, which varied between 20 and 25°C but remained constant during a single experiment. With these data and the data from Table 1 available, the Sherwood number was calculated according to Sh -RT(mo -mr,,,) 
tcxpndpPvapM D "
In Fig. 4 , the experimentally obtained Sherwood numbers are plotted versus the Peclet number. The
Mass transl~cr solid line in this figure represents the correlation proposed by Ranz and Marshall (1952) . The upflow and downflow experiments gave equal results indicating that the influence of free convection on the mass transfer rate can be neglected. Below a Peeler number of 50 the presence of inert particles becomes noticeable causing the measured Sherwood number of fall below the value predicted by the Ranz Marshall equation. At very low Peclet numbers the Sherwood number indeed approaches the theoretical minimum of approximately 0.5, which is lower than the minimal value of 3.89 in undiluted beds. We may thus conclude that diluted beds cannot be used to examine mass transfer phenomena in undiluted beds at low Peeler numbers. We also conclude that the drop in Sherwood number to wdues below the limit of 0.5, as observed with diluted beds. e.g. Bar-ilan and Rcsnick (1953) , must bc caused by interaction of the active particles present in the diluted bed. Wc will examine this possible interaction in the next section.
4. DILUTED BEt)S: MI. I.TIPI,E ACTIVE PARTICI.ES
Theoretical
As has been stated earlier, it is important to know the local driving force for mass transfer in order to be able to calculate the local mass transfer coefficient. In in packed beds 3999 the case of a single active sphere in an infinite bed of inert particles, the driving force for mass transfer experienced by the active particle in exactly known and trivial. Determination of the driving force experienced by an individual active particle in a diluted packed bed. in which more active particles are present. is less trivial. In Fig. 5 , several hypothetical distributions of active particles in a two-dimensional packed bed are shown. The driving force experienced by the active particles will be much different in each situation. In situation 1 all active particles experience the same driving force which has not been influenced by the presence of any active particles upstream. In situation It all active particles have been placed directly on top of each other. The influence of particles upstream on the driving force experienced by the particles dov<n-stream will bc significant. The average mass transfer rate in situation II will therefore be lower than the average mass transfer rate in situation 1. In situation I11 the active particles have also been placed on top of each other, but now inactive particles arc placed in between. In this situation the average mass transfer rate will also bc lower than in situation !, but higher than in situation il due to the extra radial dispersion of the transferred species. Although the particle distributions shown in l-ig. 5 are rather exceptional, thev do indicate that the average rate of mass transfer will bc overestimated if it is assumed that no radial conccntration gradients occur.
Experimental
l'he spread in experimental results obtained with diluted beds at low Peclet numbers is considerable. Hsiung and Thodos (1977) in their diluted packed bed observed only slightly lower Shewood numbers than the values found for a single sphere, whereas Bar-llan and Resnick (1957) have measured much lower Sherwood numbers. Since the cause for this spread is unknown, wc also carried out some experiments in diluted packed beds. Mass transfer experiments wcrc conducted by measuring the dissolution rate of mcthylbcnzoatc in water. Methylbenzoate was impregnated in spherical porous Amberlite XAD-2 particles with an average diameter 0.66 mm. In all experiments tl.Sg of impregnated particles was thoroughly mixed with spherical glass particles of the same size. The mixture, of which 0.35% of all particles was active, was brought into the bed resulting in an active layer of 2 cm high. This layer was enclosed by two 5 cm thick layers of inert glass beads. See Fig.  3(b) . The methylbenzoate concentration at the exit of the packed bed was continuously measured using an UV-spectrophotometer. The methylbenzoate concentration in the effluent remained constant during the first hour of operation, indicating that pore limitation in the porous Amberlite XAD-2 particles could be neglected. The Sherwood numbers were calculated by assuming plug-flow behavior
The results are shown in Fig. 6 and are similar to those of Bar-Ilan and Resnick (1957) : Much smaller values are obtained than with a single active particle. In order to confirm that these smaller Sherwood numbers are found because of interaction between the different active particles in the bed, extra experiments were performed. These were done at a fixed Peclet number of 2.89 using 0.5 g of impregnated Amberlite XAD-2 particles. The number of mass transfer units was thus kept constant. The height of the bed, including the inert layers at the bottom and the top, always was 12 cm. In order to simulate situation I of Fig. 5 all active particles were positioned in a horizontal layer which was enlosed by two layers of inert glass beds having the same diameter of 0.66 mm as the active particles. In this way about 20% of the bed crosssection was covered with active particles. Situation III of Fig. 5 was also simulated. First all active particles were mixed with equally sized inert glass beads. The obtained mixture was then dumped into a tube with a diameter of 1.35 cm and a height of 8 cm, which was placed in the center of the bed, which was already filled with a 2 cm thick layer ofinert glass beads. Next, the annular space in between the tube and the bed wall was filled with inert glass beads and the tube was slowly removed. Finally, a 2 cm thick layer of inert G. Rexwinkel et al.
glass beads was added to complete the bed. Additional to these experiments, tests were performed using diluted layers of varying thickness [according to the set-up shown in Fig. 3(b) ]. By applying a constant amount of impregnated Amberlite XAD-2 particles of 0.5 g, the degree of dilution was varied. The results of the interaction experiments were evaluated on basis of eq. (61. The calculated Sherwood numbers are shown in Fig. 7 .
If the assumption of a radially well-mixed fluid would hold in all cases, all experiments should have given the same result, since equal amounts of active particles have been applied. However, the results show a significant influence of the particle distribution, which is in conflict with this assumption. The calculated Sherwood numbers appear to increase when the fraction of active particles is decreased, especially at high degrees of dilution. This is in accordance with expectations, since the average axial distance between the active particles strongly depends on the degree of dilution at high dilution degrees, whereas this dependence is relatively small at lower degrees of dilution. So, the extent of radial mixing will increase with the degree of dilution, in particular at high degrees of dilution. The results obtained with the particle distributions resembling situations I and III of Fig. 5 also confirm that interaction between active particles is an important item in diluted beds. This interaction, which results from radial concentration profiles, is not accounted for when assuming plugflow behavior. We will illustrate this with the model discussed below.
The model
The importance of radial concentration profiles and the resulting interaction between different active particles in the bed can also be demonstrated in a theoretical way. To do so, the diluted bed is modelled by a two-dimensional network of interconnected continuously stirred tank reactors (CSTR); see Fig. 8 . Each CSTR contains exactly one particle which is either active or inactive. Whether a particle is active or not is randomly determined. A somewhat similar approach was applied by van den Bleek (1969) , who investigated the effect of dilution on the degree of conversion in fixed-bed catalytic reactors. Mass transfer between CSTRs takes place in axial direction through convection and axial dispersion and in lateral direction by dispersion. The amount of material transferred by dispersion between two neighboring CSTRs is calculated according to N~.j.~.i~ t = -D~ Ci.i+ t -C,.j (7a) d, Ci-l,j -Ci.j Nci~i- 
With C~.j defined as C~.j/C.,, C~ being the concentration at the surface of an active particle which is either dissolving or evaporating. In this equation n~, 4 can adapt the values 0 or 1 and indicates whether or not an active particle is present in CSTR i, j. The CSTRs in packed beds 4001 that are located against the packed-bed wall are only connected to CSTRs in the interior of the bed. An important term is AC~,~. which represents the driving force experienced by an active particle in CSTR i, j. In the case of undiluted beds this driving force should by definition be based on the mixed cup concentration of the whole bed cross-section. However, it is not to be expected that the same definition holds for diluted beds because of radial concentration gradients. As we are interested in demonstrating the effects of neglecting these radial concentration gradients, in the present model two definitions of driving force are applied: (ij mixed cup driving force, which is calculated from the mixed cup concentration in a horizontal row, and liil CSTR driving force, which is calculated on basis of the concentration within the CSTR in which the active particle is located. In mathematical form AC, j--I-~ "'" (9a)
Equation (8) has been solved using both expressions for the driving force by the successive over relaxation method. As it makes no sense to apply expressions that were derived for three-dimensional beds and that predict a final value of Sherwood at Pe = 0. the Sherwood number was calculated somewhat arbitrarily according to
The values of Bot,, and Bo~x were calculated from correlations reported by Gunn (1987) . Figure 9 shows the calculated lateral concentration profiles at the exit of a packed bed. containing 200 x 40 particles with a diameter of 0.5 mm of which 300 are active, using the two different definitions of driving force. Figure 9 clearly shows that large lateral concentration gradients may exist in diluted packed beds. Furthermore, it shows that neglecting these lateral concentration gradients, which is done when calculating the local driving force for mass transfer according to eq. (9al, can result in local dimensionless concentrations which are larger than unity, which by definition is impossible. The local driving force for mass transfer in a diluted bed is thus overestimated when the radial concentration protile in the bed is neglected, as is done when the plug-flow model is applied to evaluate the experimental results. This is also illustrated by Pe 1-1 Fig. 10 . Sherwood numbers calculated using eq. (11) from the mixed cup concentration at the exit of the bed as calculated by the interconnected CSTR model using the two different definitions of the driving force. So= 1000; dp = 0.5 mm; nx = 2(X): ny = 40; n~¢,,,, = 300: ~: = 0.48.
CONCLUSIONS
The deviation between predicted and reported Sherwood numbers in packed beds at low Peclet numbers is caused by the wrong interpretation of the experimental data. In the case of undiluted beds corrections should be made for axial dispersion and wall channeling. The Sherwood numbers when obtained reasonably agree with theory. Such corrections do not suffice in the case of diluted beds. The minimal Sherwood number in diluted beds is lower than in undiluted beds. Furthermore. in diluted beds the existence of radial concentration profiles should be considered, which is not possible when the distribution of the active particles is random and therefore not exactly known. Neglection of these radial concentration profiles by applying of the plug-flow model resuits in underestimated Sherwood numbers. Therefore, diluted beds should not be used to examine mass transfer phenomena in undiluted beds at low Peclet numbers.
The values obtained when calculating the driving force on basis of the mixed cup concentration are almost equal to those predicted by eq. (10). (Only the value at Pe = 1 is somewhat less due to axial dispersion which is included in the model.) The values obtained when calculating the driving force on basis of C the CSTR-concentration are much lower. We, therefore, conclude that the deviation between measured C and predicted Sherwood number, which is observed in diluted beds at low Peclet numbers, is, at least partly, AC~.j caused by the neglection of radial concentration profiles inside the bed.
d r Due to its simplicity, the present model is not suited D to quantify the effects of radial concentration profiles on the average rate of mass transfer inside a diluted D~x bed. For this. CFD simulations are necessary. Dlat
